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The concept of local isotropy in turbulent agitation together with the particular charac-
teristics of volatile drops evaporating while in dispersion were used to derive a simple and
practical correlation relating the specific power input with the temperature driving force and
the heat flow rates for oll conceivable mixing regimes. The correlation was verified by experi-
ments which indicate that dilute evaporating dispersions are controlled by viscous shear stresses.

The generality of the proposed correlation is demonstrated by its application to pilot plant
and laboratory data obtained over a wide range of turbulent mixing intensities. At its lower
limit the correlation reduces to the well-known relationship of surface-boiling heat transfer.

Direct-contact heat transfer between a volatile dis-
persed phase evaporating into the continuous phase is a
relatively new mode of heat transfer operation. It is at
present mainly associated with water desalination projects
based on direct-contact freezing. Apart from the usual
advantages of direct-contact operations under dispersion
(high transfer area per unit volume, uniform driving
forces, and absence of scale), this technique permits ap-
preciably low mass flow of the coolant, lower temperature
gradients between the phases, and convenient continuous
separation of the phases; its transfer coeflicients are one
order of magnitude higher compared with nonevaporating
systems (1).

The object of this work was a general and simple rela-
tionship between the energy input and turbulence in the
mixing apparatus, the temperature driving force, and the
heat flow rate for the three-phase’ two-component system.
In deriving this relationship, use was made of the well-
known two-phase correlations for liquid-liquid and liquid-
gas systems, as well as of the particular characteristics of
volatile drops and layers evaporating by direct contact
with another immiscible liquid.

For the sake of completeness, the established mixing
theories used in this work are briefly reviewed.

MIXING REGIMES FOR LIQUID-LIQUID AND
LIQUID-GAS SYSTEMS

Different mixing correlations are obtained when one
operates under different mixing regimes (2, 3). This ex-
plains the wide variety of contradictory mixing correla-
tions proposed in literature, sometimes on the basis of
apparently similar systems.

When two immiscible fluids are agitated, a dispersion is
formed in which continuous breakup and coalescence of
droplets (or bubbles) occur simultaneously. The average
size of the droplets at equilibrium then depends on the
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conditions of agitation and physical properties of the com-
ponents. Drops and bubbles may be broken up by viscous
shear forces, especially near the agitator blades, as well as
by turbulent velocity (kinetic energy) and pressure vari-
ation along the surface of a single particle. In addition,
turbulent flow may accelerate or slow down coalescence
of the droplets (3). Whereas the first phenomenon usually
predominates in dilute dispersions, prevention of coales-
cence by turbulence generally controls in cases of con-
centrated dispersions susceptible to coalescence. Thus,
except for high shear regimes, the particle diameter is
determined by the local flow characteristics around and
past it, with relatively little effect of the large-scale flow
patterns in the mixing apparatus. Or, as suggested by
Kolmogoroff (4), the statistical properties of the flow field
(the small scale components of the turbulent velocity fluc-
tuations) in a very small volume of liquid in which turbu-
lence is locally isotropic are independent of the main flow
of the turbulence-generating mechanism, provided the
Reynolds numbers are sufficiently high. Thus, in accord-
ance with this local isotropy hypothesis, the small scale
velocity fluctuations are determined by the local rate of
energy dissipation per unit mass of fluid ¢ and the kine-
matic viscosity ». Each small-scale eddy is defined by a
length scale

n= (/e)* (1)
and a velocity scale

v = (ve)®™ (2)

which can be used to define the conditions of flow. For
local isotropy to exist, the linear scale L (which is of the
order of magnitude of the width of the blades) of the
energy-containing eddies must be large compared with =,
that of the small energy-dissipating eddies. All velocity
correlations in any small volume of characteristic dimen-
sion r (<< L) must then be functions of % and v (or »
and €) only. The mean square of the relative velocity

©*(r) between any two points a distance 7 apart is a uni-
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versal function of » and v. Furthermore, if L >> r >> 4,
then ¢*(r) is independent of viscosity.

The universal function is obtainable by dimensional
analysis. Thus

wr) = Ci(er)™;

w(r) = Cy(er’/v); L>>q>>7r (4)

In other words, at high enough Reynolds numbers under
local isotropic turbulence the ratio of the mean velocity
for any two points is independent of the Reynolds number
(defined as ND*/»). This is consistent with the findings of
Aiba (5), who showed experimentally that at Re > 10
the velocity components in mixing vessels are identical
irrespective of the type of mixer used and that the velocity
ratio for any two points is independent of the velocity of
the mixer.

The theory of local isotropy is closely related to the
criterion of specific power input commonly used for mix-
ing equipment scale up from experimental results. Rush-

ton et al. (6) showed that at high Reynolds numbers e,
the energy input of the mixing impeller per unit mass of
liquid, is independent of the properties of the liquid and
a tunction of the geometric scale of the impeller D and its
speed N.

In addition, under conditions of local isotropy and uni-
versal velocity distribution, the local rate of energy dis-
sipation e is independent of space and directly propor-

tional to e. Thus (6, 3)
e(x, y, 2) = K« = KN°D® (5)

Whereas Rushton (6) obtained Equation (5) for single-
phase mixing, Vermeulen et al. (7) showed it is also valid
for heterogeneous systems.

The three main mixing regimes may now be sum-
marized (2, 3).

L>>r>>q (3)

Viscous Shear Regime

Particle breakup is mainly in the high shear regime
when interfacial tension o is very low or the kinematic
viscosity » rather high. The particle diameter d is smaller
than the linear scale % of the small-scale eddies. In this
case

172172
L (®)
o e
substitution of (5) in (6) yields
d ( Ma )
Ne* Ny, — = 7
® 5 =1 - (7)

Kinetic Energy Regime

Particle breakup is mainly due to Huctuations in the
local turbulent velocity and pressure variation along the
particle surface. At d >>> 4 viscous forces are negligible.
In this case the kinetic energy of the oscillations balances
the surface energy gains owing to breakup, and

pc_Em ¥ s

o

= const (8)
Substitution of (5) in (8) yields the well-known rela-
tionship

D We

Coalescence Prevention Regime

Local velocity fluctuation accelerates or slows down
coalescence of the dispersed particles, depending upon
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adhesion forces and e, the intensity of turbulence. On the
basis of the fact that adhesion and inertial forces are dif-
ferent functions of the particle diameter, Shinnar and
Church (2) obtained

p.ed”* = const (10)
or
p. N°"D**d*”* = const (11)

Some of the relevant empirical results reported in litera-
ture may now be reviewed. For liquid-gas systems Ver-
meulen et al. (8) obtained results in agreement with
Equation (7), viscous forces controlling. Calderbank
(9), however, obtained an equation which apparently
points to the kinematic breakup regime controlling liquid-
gas systems. However, when one considers the depend-
ence of the gas holdup term in his equation on some of the
factors affecting the mixing process [see Equation (16)],
his equation may be rewritten so as to indicate that the
coalescence regime is the controlling one. This conclusion
is consistent with the fact that the particle diameter in his
system was determined by the nozzle diameter and with
his remarks as to the presence of coalescence. Correlations
for liquid-liquid systems (8, 9, 10, 11) seem to indicate
a kinetic breakup regime. With higher liquid ratios (50 to
50% ), Rodger et al. (I12) obtained results indicating the
predominance of the coalescence-prevention regime.

1t should be noted that Equations (6) and (8) were
derived for low holdups of the dispersed phase under the
assumption of no interaction between the dispersed par-
ticles. However, experiments (8, 9, 10) showed a de-
pendence of the average particle diameter on the dis-
persed phase holdup ¢. According to Vermeulen (8), the
same dependence prevails in liquid-liquid and liquid-gas
systems. Based on experimental evidence one can assume
that the effect of holdup on particle diameter is negligible
at holdup below 5%. At higher holdups the following
relationship is assumed on the basis of experimental work
(8,9, 10):

d —~ 4)0.6 (12>

Substitution of Equation (12} in (8) and (8) yields, for
the viscous regime

o, v01/2_€1/.2¢~0.6 d/o = f(ﬂd/#c) (13)

and for the kinetic regime

p. P47/ = const (14)

EFFECT OF EVAPORATION RATE ON POWER INPUT

The rate of evaporation of the volatile dispersed phase
in the three-phase system treated here determines the
rates of vapor generation in the systems. This affects the
power input, which in turn affects the particle diameter.
In its extreme case, the dispersion undergoes partial
breakup with increasing gas load (all other conditions be-
ing constant), and a layer of the lighter volatile liquid
(in this case pentane) forms on top of the bubbling dis-
persion.

The effect of gas low in mixing vessels was studied (I3,
14, 15, 17) in connection with fermentation processes.
Introduction of air into the mixing apparatus, operating in
the turbulent regime, resulted in an apreciable drop in
power input entirely unrelated to the decrease in the aver-
age density of the fluids. A 75% decrease in power input
was observed for a mere 5% decrease in average density
(18, 14). This may be due to the fact that gas accumu-
lates around the blades and effectively isolates them from
the main body of fluids. (This explanation is substantiated
by the fact that under the same operating conditions the
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TaBLE 1. ConsTaNTSs For EQuaTiON (15)

Mixer No. of blades a b Ref.
Vaned disk 2 30 1 (16)
Vaned disk 4 20 1 (16)
Vaned disk 6 10 1 (16)
Vaned disk 8 177 0.55 (16)
Vaned disk 8 1.62 0.5 (17)
Paddle 9 18 1 (16)
Turbine 6 12.1 1 (9)
Turbine 8 2.29 0.69 (16)

effect of the gas varies with impeller design and is larger
than the closer the impeller.)

As the relative density differential in different liquid-
gas systems is rather small, it may be assumed that similar
relationships will hold for different gas-liquid systems.
Moreover, the effect of gas on the mixing power input
was found (15, 16) to be independent of the mode of gas
introduction. It may thus be expected that, regardless of
the fact that in the authors’ system the vapor is generated
during the mixing process, the behavior of the water-
vapor system would be quite similar to the established
characteristics of liquid-air systems.

As already stated, the effect of the gas depends on the
type and design of the agitator. This effect may be ex-
pressed in terms of a dimensionless group representing the
ratio of the gas and mixer flow rates (14, 16, 17). Accord-

ingly

S=1 (G) (15
- T\ )

The constants, derived from the experiment curves of
Oyama and Endoh (16), are summarized in Table 1.

A slightly modified form of Equation (15) is used for
operation beyond the flooding point of the mixer, defined
as the point where power input falls below 35% of its
value in the absence of gas:

€ G
—=a-V (———)
. ND*

The constants @’ and b’, as derived from (16) are sum-
marized in Table 2.

As is to be expected, the gas holdup (and residence
time) is dependent on the power input. The suggested
(9) relationship between gas holdup ¢e, power input per
unit fluid volume P/V, and gas flow rate is

EE

A similar relationship is also reported by Rushton et al.
(18).

(15a)

HEAT TRANSFER COEFFICIENT

The volatile fluid normally enters the mixing vessel at
or very close to its boiling point, and it may be assumed
that all the heat transferred to the droplet serves to in-
crease its vapor content. In other words, the heat flow to
the drops is proportional to G, the gas flow rate defined
above.

In earlier studies of evaporating drops in immiscible
liquid media (1), the heat transfer coefficient increased
from nonevaporating drop values (about 0.01 cal./sec./
sq. em./°C. to evaporating drop values (about 0.1 cal./
sec./sq. em./°C.) when only some 3 to 5 wt. % of the
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TaBLE 2. ConsTANTS FOR EQuaTiON (15a)

Mixer No. of blades a 174 Ref.
Vaned disk 2 0.35 1.1 (16)
Vaned disk 4 0.35 1.1 (18)
Vaned disk 6 0.40 1.1 (16)
Vaned disk 8 0.50 1.1 (16)
Paddle 2 0.37 1.15 (16)
Turbine 6 0.62 1.85 (9)
Turbine 8 0.40 0.28 (16)

volatile liquid evaporated, remaining practically constant
throughout the rest of the evaporation process. Thus,
whereas the internal resistance controls the transfer mech-
anism in the first evaporation stages, it may be assumed
to be negligible compared with the external resistance
during most of the evaporation process. Moreover, the
mixing apparatus under steady state conditions would
contain drops with different vapor contents. Since the rate
of heat transfer to the droplets with low vapor content is
relatively small compared with the other evaporating
droplets, it may be assumed that the heat transferred to
the former droplets is small and practically negligible
compared with the overall heat flow in the mixer. The
negligibility of the internal resistance to heat transfer is
consistent with the observed thinning of the volatile liquid
layer at the bottom of the evaporating droplets at vapor
contents above 1% (wt.).

Film resistance in the continuous phase enclosing the
drops and bubbles is treated extensively in literature (19,
20). The familiar formula relating the film heat transfer
coefficient h to the various variables involved is

hd ( C,u )“ ( du )”

k. kK 7.\ amn
u may be given by Equations (3) and (4), depending
on the system and flow characteristics. For the kinetic

regime or that of coalescence prevention by turbulent
flow, substitution of (8) in (17) yields

hd ( C,,}L )n( d4/3_61/s )p
—_—~ 18
PN S (18)
Similarly, for the viscous regimes, substitution of (4) in
(17) yields
a iz o\ 8
) (2w
k. k . v,

As shown by Calderbank and Moo-Young (20) and
others (19, 21), the continuous phase transfer coefficient is
practically independent of particle size within the approxi-
mate size ranges of d < 2-3 and d > 3 mm. Calderbank
and Moo-Young (20) have also shown that h, ~ k¥ for
turbulently mixed systems where particle diameter is less
than 2.5 mm. Obviously, the average diameter of the par-
ticles in turbulent flow, where conditions for local iso-
tropy exist, will most probably be less than 1 mm. Thus,
if the above relationships are assumed to hold, one gets
a = 1/3, B = 1/2 for the viscous regime and « ==1/8,
B = 3/4 for the kinetic and coalescence prevention re-
gime. (It is noteworthy that Barker and Treybal (2I)
have found the mass transfer coefficient in solid-liquid
systems to be independent of the Schmidt number which,
by analogy, would yield « = 1.) These results are con-
sistent with the well-known dependence of Ni, on
(Nz,)* mixer. Substitution of these values in Equations
(18) and (19) yields, for a given system
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h~ ;1/4 (20)

indicating that the heat transfer coefficient is independent
of the mixing regime. This important conclusion is not sur-
prising in view of the independence of the transfer coeffi-
cient of the particle diameter in this range size. Recalling
the assumption of internal negligible resistance, we may
now write

U~ (21)

EFFECTIVE HEAT TRANSFER AREA

The effective heat transfer area is limited to the liquid-
liquid interface (1). Experiments (1) showed that, with-
in experimental error and in the relatively low range of
temperature differences studied (up to 14°C.)

U # f(AT) (21)
and as already stated
U 5= f(m) (22)

where m is the vapor content in the evaporating droplet
in weight fraction. A study of consecutive cine-camera
pictures taken during the evaporation process indicated
that

m~t (23)
Since U == constant and AT =~ constant for a given system
dm
~ A~ — ~m 24

Under the conditions of turbulent mixing, where par-
ticle size is rather small, it may be assumed that the two-
phase particle remains spherical with the gaseous phase
concentrated at the top. The heat transfer area is then a
function of the particle size and vapor content. These two
parameters may be considered as practically independent,
since the particle diameter depends mainly on the mixing
power input. Thus, since d # f(m) in this case

A~f(d,m) ~dm"” (25)

and the effective heat transfer area per unit volume of
fluid is given by

]

A, ~ g; ¢ m™* (26)

As can easily be shown, above 3% (wt.) vapor content,
the volume of the volatile liquid in the two-phase particle
is negligible compared with the volume of the gaseous
phase, and ¢ =~ ¢, Thus, the relationship between the
dispersed phase holdup (volumetric) and m is given by

[weight of gas]

_ ¢0PG

- 27
" [total weight of liquid phase] bapo (27)

where ¢, and p, denote holdup and density of the non-
evaporating dispersed phase. For a steady state definite
system ¢, is constant, and

A, ~ $a/d (29)

Substituting Equation (16) in (29) and referring to
Equation (36) one obtains

Ar ~ ';4/eq"5/e/d (30)

THE DERIVED CORRELATION FOR THE LIQUID-
(EVAPORATING) LIQUID SYSTEM

For the case of ¢ < 5%, where each droplet evaporates
completely while still in dispersion and all other previ-

Page 542

A.1.Ch.E. Journal

ously made assumptions still hold, substitution of Equa-
tions (30) and (20g) in the general heat transfer equa-
tion

g. = U A, AT (81)

yields the average particle size as function of the specific
power input, temperature difference, and heat flow rate:

“1y12 AT
d~ (32)
q’l}
For a specific system of constant properties, substitution
of Equation (32) in Equations (8), (8), and (10) yields

" 38
T (33)

where the value of the exponent ‘y is y = 17/12 for the
viscous breakup regime, y = 79/60 for the kinetic break-
up regime, and y = 7/6 for the coalescence prevention
regime.

It is noted that ¢ may be determined from Equation
(15) whenever it is not directly measurable. This, how-
ever, requires knowledge of the constants g and b, Equa-
tion (15), as well as of the vapor flow rate (the latter
being obviously directly measurable). Thus, for a given
system, the variables involved are ¢, and AT, which are
usually dictated by the process requirements with N and
D as dependent variables.

EXPERIMENTAL VERIFICATION OF THE DERIVED
CORRELATION

Apparatus and Experimental Procedure

The schematic diagram of the experimental setup is shown
in Figure 1. The mixing cell, 212 mm. I.D. and 210 mm. high
was made of glass with four baffles 20 mm. wide. The elec-
trically-heated bottom was of chrome-plated copper with two
thermocouples embedded and flush with the surface (before
plating). The top was provided with a 2-cm. diameter connec-
tion to a vertical water-cooled condenser. A four-blade paddle
mixer, 70 mm, diameter and 12 mm. wide, was set 70 mm.
above the bottom. A special sealing device was provided against
vapor leakage. A reduction gear was used whenever necessary,
and the shaft speed, controlled by a variac, was measured
directly by a tachometer. The cell was completely insulated
except for two narrow vertical slits for visual observation.
Temperatures in the cell were measured by two copper-
constantan thermocouples, 7 cm. apart, and an immersed glass
mercury thermometer. The electric heat load and the cooling
water flow rates and temperatures were measured (average
deviation 4% ), the former being used as the actual heat load.

n-penpane was used as the dispersed phase, and tap water
was the continuous phase. Red coloring matter was added to
the pentane to facilitate observation. The cell contained 5
liters of water, and pentane was added to form a 5% (vol-

)
COOLING WATER

CONDENSER

TACHOMETER|

WATT METER

Fig. 1. Schematic diagram of apparatus.
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Fig. 2. AT vs. N at constant heat load, pen-
tane-water system.

ume) dispersion. The mixer and heater input were set, and
once evaporation started, the condenser operated under total
reflex. Readings were taken after steady state conditions set in.

Experimental Results

The experiments were confined to a relatively narrow
range of heating load (0.29 + 0.57 cal./cc. min.) and
mixer Reynolds numbers (3.6 X 10* to 6.0 X 10*). The
temperature in the cell was found to be uniform and was
assumed to be that of the continuous phase only, the tem-
perature gradient being taken as the difference between
the measured values and the boiling point of the dispersed
pentane. Figure 2 represents the dependence of the tem-
perature difference on the impeller velocity at constant
heat loads and Figure 8 the temperature gradient vs. the
heat load at constant impeller speeds.

Analysis of Results

Substitution of the appropriate values of a and b esti-
mated from Tables 1 and 2 in Equation (15) for the four-
blade paddle used in this work yields

G

€

_ =112 — 34
. ND? (34)

/500 RPM

aT*Cc
»

0,

300

WATT

Fig. 3. AT vs. q ot constant N, pentane-water
system,
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and, above the flooding point

e
—=0.35—1.15 3
— =035 T (35)
Now
.V
G= Y (36)
P
where the latent heat of evaporation A 85.4 cal/g.,

pe (pentane) = 0,00285 g./cc. and V/ D“—= 15.4. Equa-
tions (34) and (35) thus become

P o
Sl 37
- N i
S _—o35—713L (38)
€ N

The experimental q,”°/AT vs. e, calculated by Equations
(87) and (38), is plotted in Figure 4, the slope of the
straight line (by the least squares method) being 2.0.
Hence

q"']/B a0
r o 39
AT € (39)

Comparison of the exponent (y) in Equations (89) and
(33) indicates that the dilute pentane-water system tested
is most probably governed by the viscous stress breakup
regime, which is consistent with the previously reported
work on liquid-gas systems. When one considers all the
assumptions made in the derivations, the possible errors
involved in estimating the constants ¢ and b as well as
in the experimental work, the agreement between the
theoretical and experimental results are quite satisfactory.
The two corresponding lines are compared in Figure 4.

GENERALIZATION OF PROPOSED CORRELATION

The proposed correlation [Equation (83)] is based on
a number of assumptions which may not hold in actual
practice. However, it is suggested that by modifying
and/or extending some of these assumptions in accordance
with practical applications and operating conditions, the
general form of the correlation will be retained, namely

10 T TTTT T 1T T

® =100 Wast
» q=150
A q=175
+ gq= 200
O Above Flooding Conditions

o
Il‘llll

T

T

L1t

6! il Ll 1 il
0 2 B 10 2 5 10

Constant x &

Fig. 4. Experimental g,1/6/AT vs. calculated =
pentane-water system.
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g, -

~¢ 40
T~ (40)

As is presently shown, the exponents x, y vary with the
operating conditions. Some of the practical cases envis-
aged are as follows.

Case I: ¢ > 5%, and particle size is affected by inter-
action. For this case, substitution of (32) into Equations
(13) and (14) yields

x = 0.466

and

y = 1.18 for the viscous regime, y = 1.08 for the kinetic
regime, and y = 0.93 for the coalescence-prevention re-

ime.

& Case II: Only partial evaporation takes place in the
dispersed phase, and the volatile droplets coalesce into
a liquid layer which floats above the continuously agitated
fluid. This is the case when energy input is insufficient or
the temperature driving force is inadequate, usually when
the apparatus is overcharged with the volatile phase.

Assume that the vapor-phase holdup is very small
compared with the volatile liquid holdup, the latter being
constant, independent of the heat flow rate and power
input. Also assume that even under these extreme oper-
ating conditions the continuous phase resistance controls
the heat transfer phenomena. Accordingly, Equations
(18), (14), (20a), (29), and (81) yield x = 1.0, y
= 0.75 for the viscous regime (if any), y = 0.65 for
the kinetic regime, and y = 0.5 for the coalescence-pre-
vention regime. [These relationships may be improved by
allowing for the internal resistance to heat transfer. Since
the latter is also dependent on the Reynolds number (22,
23), a similar relationship is obtained, with x and y then
being dependent on the ratio of the internal and external
resistance. ]

Some pilot plant data from operation under some of
the conditions stipulated in Case II are available. The
data are plotted in Figure 5 as AT vs. ¢, at constant
power inputs yielding x = 0.65, and a plot of ¢q.,>*/AT
vs. € yields y = 0.25. When one considers the very rough
approximations used in the case, general agreement is,
at least, fair. More important, the susceptibility of these
extremely different data to this analysis testifies to the
general nature of this correlation.

Case III: This is the extreme case where the two
liquid phases are completely separated, with the lighter
volatile liquid floating above the heavier water phase.

TTTT

T

e _100 WATT

Z

P
VS he

Fig. 5. AT vs. g, at constant energy inputs,
pilot plant data.
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Under these conditions the concept of local isotropy is no

longer applicable. However, :may still be used to repre-
sent mixing power input, though the difference is obvious.
Experimental evidence (24) indicates that

qu/AT ~_Eo.00 (41)

for 10,000 < Nz, < 40,000 where x ~ 0.7. Note that q.,
heat flux per unit area replaces g, in Equation (40). Na.
= ND%/v,.

It is interesting to note that up to Nz, = 10* no effect
of the mixing is evident, irrespective of the phase in
which the process takes place. However, above this Reyn-
olds number the mixing effect on heat transfer is much
more pronounced when the mixing takes place in the
volatile phase. Higher transfer coefficients were obtained,
the smaller the distance of the agitator blades (in the
volatile phase) from the liquid-liquid interface. At N,
> 4 X 10 the liquid-liquid interface starts to break up
with volatile droplets entering the water phase, and the
effect of power input becomes much more pronounced.

Case IV: This is the case of low Reynolds numbers
(< 10%). At its limit of zero mixing y = 0, and Equation
(41) reduces to:

ga~ ATY® (42)

which is the well-known form of the boiling heat transfer
equations, with 1/x = n = 1.25 representing surface
boiling and 1/x = n = 3 to 4 nucleate boiling. For the
pentane-water system in question n = 1.4 was obtained,
consistent with the observed surface evaporation. A
marked increase in n was noted in the presence of arti-
ficial nuclei at the liquid-liquid interface. These results
are in agreement with the data reported by Gordon et al.
(25) for water and alcohols boiling above mercury. The
maximum value of n taken from his data is 1.7 obtained
for the conditions where the mercury-water interface was
quite unstable and interfacial turbulence evident. Thus,
the rate of heat transfer increases with increasing inter-
facial turbulence, irrespective of whether this turbulence
is induced by high heat fluxes (as in Gordon’s mercury-
water system), induced boiling by artificial nucleation
sites, or mechanical agitation at the liquid-liquid interface.

CONCLUSIONS

A simple and practical correlation was derived relating
energy input, temperature driving force, and heat flow
rate for each of the conceivable controlling regimes in a
three-phase two-component liquid-liquid vapor system.
The usefulness of the derived correlation was demon-
strated experimentally for a specific water-pentane system
representative of the refrigeration medium in water de-
salination projects. For this system, with dispersed-phase
volumetric holdup of about 5% and complete evaporation
of the volatile liquid while still in dispersion, the drop size
controlling mechanism is indicated to be breakup by vis-
cous shear stresses. This characteristic is closely related
to that of two-phase liquid gas systems. Agreement be-
tween the derived correlation and experimental work is
satisfactory. The derivation re-emphasizes the well-known
risks of scale up of mixing systems without experimental
basis. The mixing regime is shown to be characteristic of
the system in question and of the operating conditions.
The proposed correlation permits convenient and simple
experimental determination of the controlling mixing
regime.

The generality of the proposed correlation, of the form

z
» —

o~ Ey
AT
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Fig. 6. General representation of the in-

tluence of specific power input and turbulence

intensity on heat transfer between a non-

volatile liquid and an immiscible, volatile evap-
orating medium,

is established by modifying and extending some of the
underlying specific assumptions in accordance with prac-
tical cases and experimental evidence. The range of its
applicability is illustrated in Figure 6, indicating the
effect of mixing and turbulence intensity on heat transfer
between a nonvolatile liquid and an immiscible, volatile,
evaporating medium. At the limit of zero external power
input the correlation reduces to the well-known boiling
correlation, namely
q ~ AT"

where the exponent n is shown to vary with the intensity
of the interfacial turbulence.
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NOTATION

effective liquid-liquid heat transfer area
constant, Equation (15)

constant, Equation (15)

constants, Equations (3) and (4)
specific heat

impeller diameter

particle (bubble or droplet) diameter
gas flow rate

film heat transfer coefficient

thermal conductivity

equilibrium constant, Equation (5)
linear scale of energy containing eddies
weight fraction of vapor in evaporating droplet
impeller revolutions per unit time
exponent, (= 1/x)

power input

heat flow rate

distance

temperature

time

overall heat transfer coefficient

velocity, relative

volume of fluid in mixing tank

velocity scale of small energy-dissipation eddy
exponent, Equation (40)

exponent, Equation (40)

s
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. = exponent, Equation (17)

B = exponent, Equation (17)

€ = energy dissipation per unit mass of fluid

€ = average energy dissipation per unit mass of fluid,
specific power input

v = viscosity, kinematic

n = length scale of small energy-dissipation eddy

A = Jatent heat of vaporization

m = viscosity

p = density

o == surface tension

¢ = holdup, dispersed phase

Subscripts

A = per interfacial unit area

c = continuous phase

d = dispersed phase

G = gas

l = liquid

0 = absence of gas

v = per unit volume of fluid

Dimensionless Groups

Ng, = Reynolds number [D*N/»,]
Ny. = Weber number [p N* D*/o]
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